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The syngas chemical looping process coproduces hydrogen and electricity with iron oxide based oxygen carriers in a
circulating moving bed system. In this article, a one-dimensional (1-D) dynamic model is developed to simulate the
countercurrent gas—solid reactive flow in the moving-bed reducer. This model is validated by TGA and bench-scale
experiments. Both the steady state and dynamic composition profiles are obtained to help understand the reaction and
reactor behaviors. Numerical simulation on the effects of reactor length is conducted to optimize the moving-bed
reducer design. It is also found that minor variations in the feed rate ratio near a critical point that is represented by
the reaction equilibrium could yield a significant difference in the time required for the reactions to reach a steady-
state operation. Such a difference has an important practical implication in that the moving-bed reducer should be
designed and operated to circumvent the critical point. © 2013 American Institute of Chemical Engineers AIChE J, 59:

3432-3443, 2013
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Introduction

Chemical looping technology for fossil fuel conversion is
an increasing field of interest as global concerns for CO,
emissions escalation.'? The unique feature of this novel
technology is in its significantly high-fuel processing effi-
ciency and versatility with near 100% CO, capture. Specifi-
cally, chemical looping processes utilize the reduction-
oxidation (redox) cycles of metal oxide composites, or
namely oxygen carrier (OC) particles. In the oxygen carrier
reduction step, fuel is fully converted to CO, and H,O,
where H,O can be easily condensed out, resulting in a high-
purity CO, stream for geological sequestration or enhanced
oil recovery. The reactor is named as the reducer or fuel
reactor. In the oxidation step, the oxygen carrier particles are
regenerated by steam/air while producing H,/heat. This reac-
tor is called the oxidizer/combustor or steam/air reactor. As
shown in Figure 1, the chemical looping scheme avoids
direct carbonaceous fuel mixing with oxidants, which pre-
vents the costly separation of a gaseous mixture of CO, and
H,/N,. For conventional combustion and gasification
approaches, CO, separation and compression will inevitably
impose a 20-30% parasitic energy penalty relative to plants
without carbon emission control.>* In comparison, the chem-
ical looping process only has a 3-5% energy penalty, which
translates into a significant potential cost advantage when
compared to conventional CO, capture technologies. Addi-
tionally, chemical looping technology can be adopted to pro-
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duce electricity, hydrogen, and/or syngas for liquid fuel and
chemical synthesis.*

The oxygen carrier particles undergo cyclic redox cycles,
and their physical and chemical properties play a vital role in
the chemical looping system. Hundreds of metal oxide com-
positions have been synthesized and tested.’ Among them,
iron oxide is considered as one of the most promising, pri-
mary metal oxides due to its favorable thermodynamic prop-
erty, low-raw material cost, high-oxygen carrying capacity,
high-melting points, good mechanical strength, and small
environmental and health concerns. The redox reactions of the
iron based oxygen carrier particles involve hematite (Fe,03),
magnetite (Fe;O,), wustite (Fe,O, 0.830<x<0.952), and
metallic iron (Fe). A comprehensive understanding on the
thermodynamics and kinetics between each phase and the fuel
is needed for the overall system design. It is noted that for the
reducer operation, Fe,Oj3 is capable of fully oxidizing fuel to
CO, and H,0, whereas Fe;04 and Fe,O can only partially
oxidize fuel into a mixture of CO, CO,, H, and H,0.® Mattis-
son et al. conducted redox experiments between Fe,Oj; to
Fe;0, and showed that the reaction rates depend on the sup-
port used.” Li et al. synthesized an iron based composite oxy-
gen carrier particle, which is 10 times more reactive than
commercially available iron oxide and can sustain more than
100 redox cycles, according to thermogravimetric analysis
(TGA) tests.® These achievements on oxygen carrier particles
have established a solid foundation for further chemical loop-
ing process development.

In addition to the oxygen carrier material development,
reactor design is another key factor influencing the success
of chemical looping technology. Most chemical looping
processes are developed based on an interconnected fluidized
bed design, which is characterized by a mixed gas and solid
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Figure 1. General chemical looping scheme.

flow in all the reactors.””'* The air oxidation reaction in a
fluidized-bed combustor is intrinsically fast and is thermody-
namically favored. The mixed flow pattern in the reducer,
however, only allows Fe,O; to be reduced to Fe;O, for a
complete fuel conversion.® Alternatively, a countercurrent
gas—solid contacting pattern in the reducer could create mul-
tiple equilibrium stages along the reactor. The top equilib-
rium stage can ensure that the fuel is fully converted under
an oxidizing environment where Fe,Oj is introduced. The
bottom equilibrium stage can help further reduce the iron
oxide to Fe/Fe,O under a reducing environment where fuel
is injected. Such countercurrent flow patterns can be
obtained in a moving, dense packed bed, or multistage fluid-
ized bed. Previous thermodynamic modeling results show
that in order to achieve 10% fuel conversion, the maximum
iron oxide conversions in a well-mixed flow versus a coun-
tercurrent flow are 11.1% (equivalent to Fe;O4) and >50%
(equivalent to a mixture of Fe,O/Fe), respectively.® Thus, for
a given capacity of a reactor system, a moving bed or a mul-
tistage fluidized-bed reducer requires a significantly lower
oxygen carrier circulation rate than does a fluidized-bed
reducer.

Based on the concept discussed earlier, a syngas chemical
looping (SCL) process has been developed.2 The SCL pro-
cess circulates iron-based oxygen carrier particles through
three reactors for hydrogen and electricity coproduction
while using syngas as a fuel and capturing CO,. The syngas
is mainly composed of CO and H, and is derived from a
typical coal or biomass oxygen blown gasifier. The SCL
reducer is a good example of a countercurrent moving-bed
operation, which ensures for the full conversion of fuels
while enhancing the extent of iron based oxygen carrier con-
version. The high extent of conversion of the iron based oxy-
gen carrier facilitates the generation of hydrogen from
steam-iron reaction in the oxidizer. The combustor fully
regenerates the oxygen carrier particles, which are then cir-
culated back to the reducer via a riser. Table 1 summarizes
all the key reactions involved in the SCL process. The SCL
moving-bed reducer concept and application have been pro-
ven in a bench scale unit,® and the SCL integrated process
has been tested under a 25kWth subpilot scale continuous
operation for more than 300 h.'*13 In order to further scale-
up the chemical looping process, issues such as cost, time,
safety, and other uncertainties in larger unit operations need
to be examined. To address these uncertainties, advanced
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reactor modeling is highly desired and the modeling efforts
can accelerate the SCL technology development, reduce the
pilot-scale facility design time and operating campaigns, as
well as reduce the cost and technical risks.

The countercurrent moving bed operation is seen in many
industrial applications such as blast furnaces, kiln heaters,
and adsorptions. Professor Neal Amundson was the pioneer
in the mathematical modeling and analysis of the moving
bed systems and made monumental contributions to the
fundamental understanding of the behavior of these sys-
tems.'®'® This article is, thus, a fitting tribute to him, partic-
ularly in light of his specific contributions to this subject.
Previous computational efforts on chemical looping process
development have heavily focused on fluidized-bed reducer
modeling and analysis, which was recently reviewed by Ada-
nez et al."” Kang et al. developed a steady-state model for a
countercurrent moving bed reducer.’” A one-step reduction
from Fe,O5 to Fe,O was assumed in their model, which is
unrealistic and, thus, does not represent the complex rate
process of this reaction system.?!'*? Additionally, many of
the earlier modeling work lacks first-hand experimental data
for comparisons and validation. This work, however, does
compare numerical results with experimental results. An
effective moving bed reducer model should consider the
reaction kinetic rate and thermodynamic equilibrium between
the gas mixture and iron oxides in the context of the gas
solid countercurrent flow system. In this work, a 1-D
dynamic reactive flow model is developed to simulate the
countercurrent gas—solid interaction within a moving bed
reducer in the SCL process. A three-interface shrinking core
model is used to represent the overall reaction thermodynam-
ics and kinetics of individual iron based oxygen carrier par-
ticles. The individual particle model is validated by
experimental TGA data. The 1-D moving bed code is vali-
dated by comparing the modeling results with the experi-
mental data from a 2.5 kWy, bench-scale reactor that the
authors obtained earlier. The model is used to investigate the
flow and reaction progress and assist in the design and opti-
mization of the SCL reducer.

Mathematical Model
Oxygen carrier kinetic model

Turkdogan et al. systematically studied the reduction of
iron ores of different sizes at various operating conditions of
temperatures and gas compositions.”' >’ They found that the
rate-limiting step varies from reaction control (Fe,03-Fe;04
reduction) to diffusion control (Fe;O4-Fe,O—Fe reduction).
To study the iron oxide reduction kinetics, various models
have been developed in the literature such as the shrinking
core model, cracking core model, particle-pellet (grain)
model, and nucleation and growth model. De Lasa briefly

Table 1. Key Reactions in the SCL Process

Reactor Reactions
Reducer 3Fe 203 +CO /Hz =2Fe 304 +CO z/Hzo
(X/(4X *3))F6304+CO /H2:(3/(4X *3))
Fe XO+CO 2/H20
Fe ,O+CO /H,=xFe +CO,/H,0
Oxidizer xFe +H,O=Fe ,O+H,
(3/(4x —3))Fe xO+H,0=(x/(4x —3))
Fe 304 +H2
Combustor 4Fe 304, +0,=6Fe 04
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reviewed these models and their applications in chemical
looping reaction systems.**

The shrinking core model is used in this study to consider
the oxygen carrier reaction thermodynamics and kinetics.
The unreacted shrinking core model (USCM) is commonly
used to describe the reaction of gas—solid reaction systems.”
It considers three major factors that affect the overall reac-
tion rate, that is, diffusion through the gas film, intraparticle
diffusion, and surficial chemical reaction at reaction inter-
face. The USCM model is valid based on the following
assumptions: first, the interfacial chemical reaction is a first-
order reversible chemical reaction; 2> second, isothermal and
isobaric conditions are throughout the particle; and third, the
volume of a pellet is unchanged with the progress of the
reaction. Because the heat of the reaction between syngas
and iron oxides is nearly zero and the current reactor system
includes heaters to give isothermal operation, the second
assumption is met. The last assumption only applies to cer-
tain composite iron oxide material. Pure iron oxide reduction
is a particle volume increasing process due to the dominating
outward diffusion of the iron ion. The oxygen carrier par-
ticles used in the SCL process are supported iron oxide
materials, and the support material could enhance the oxygen
vacancy diffusivity, and, thus, limit the volume change.4’8 In
order to determine the reaction rate and the time for com-
plete conversion, a three-interface USCM is adopted to rep-
resent the three reactions in the reducer as listed in Table 1
(also can be found are Reactions 4—6).26 It is noted that
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Figure 2. Schematic diagram of the unreacted shrink-
ing core model.

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]

Fe(.95,0 in this current model is used to represent the wus-
tite phase. The three-interface USCM is illustrated in Figure
2, and reaction rates in each reaction step are obtained
through the following expressions

P {As(A2+Bz+B3+F)+(A2+Bz)(33+F)(y—y1*) } )
—[A3(B2+B3+F)+Ba(B3+F)|(y—y2") A2 (B3 +F) (y—y37)

S [(A1+B1+B;)(A3+B3+F)+A3(B3+F)|(y—y2") @
2= =
RTw | —[By(A3+B3+F)+A3(B3+F)|(y=y1") = (A1 +B1) (B3 +F)(y—y3")
P { [(A1+B1)(A2+By+B3+F)+A2 (Ba+B3+F)](y—y3") } 3)
=
RTo | —Ay(B3+F)|(y=y1") = (A1 +B1) (B3 +F)(y=y2")
F=1/ks (10)
where
! ! (J):(Al+Bl)[A3(A2+32+B3+F)+(A2+Bz)(B3+F)] (11)
A= 4
1 =Ry Pl (1+ 1K) “ +As[A3(By+B3+F)+By (B3 +F)]
1 1 It is noted that, in the reducer, all the three reactions
Ar= (15 1K) (5 might not take place concurrently. There may be only one or
(1=Rw) 2 2 two reactions proceeding in a certain period of time. Under
A 1 1 6) these circumstances, the reaction rate must be calculated
37 (1- RF)2/3 ky(1+1/K3) ( through formula for the states of two interfaces or a single
s s interface reacting.26 The overall fraction of reduction of iron
_ (1—Rw) /3 —(1—Ru) / i ) oxide particles can be expressed as follows based on the
(1 _RM)1/3(1 _RW)1/3 2D, chemical formula of reduction products
. (1_RF)1/3_(1_RW)1/3d7p ® R=0.1111R;;+0.1889Ry, +0.7Rr (12)
(1—-Rw)"*(1-Rp)'? 2D> where Ry, Ry, Rp, correspond to the conversions from
13 Fe,O3 to Fe;04, Fe;04 to Fe,O, and Fe,O to Fe, respec-
By= 1—(1—-Rp) Ay ) tively. In addition, the water-gas shift reaction in the gas
(1- RF)'/ 3 2D4 phase is considered in this work. The reaction rate and equi-
librium constant of the water gas shift reaction are based on
the formulas in the literature.>*?’
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One-dimensional (1-D) model for the moving-bed
reducer

In order to simulate the moving-bed reducer in the SCL
process accurately, a suitable flow model is highly needed
to describe the gas and solid flow pattern within the reactor.
There are various flow models that can be employed. In
this article, a 1-D flow model is developed to simulate the
countercurrent gas—solid flow pattern within the moving
bed reactor. Compared to multidimensional models, the 1-D
model serves a practical purpose to help understand the
reaction progress as well as to analyze the reactor design
and operation. The 1-D model is computationally cost-
effective and can be used for efficient sensitivity analysis.
The three-interface shrinking core model is adapted in this
reactive flow model to describe the overall conversion in
the reactor. The assumptions in this model are given as
follows:

a. Uniform temperature within the solid particles.

b. Both gas and solid streams in plug flow.

c. Three-interface unreacted shirking core model repre-

senting reaction kinetics.

d. Ignoring the temperature difference between gas and

solid.

Assumptions (a) and (d) are valid because the heat of
reaction in the three reactions in the SCL reducer is near
zero. In addition, the bench-scale unit has an accurate exter-
nal heating control system to ensure a uniform and isother-
mal temperature distribution across the bed. The gas and
solid flow patterns in the moving bed can be approximated
using assumption (b) due to relative uniformity of the radial
variation of the gas and solid velocities in the moving bed.
The SCL reducer operates with a moderate gas flow rate in
which the gas dispersion effect is small.

This model describes the startup of the reactor and
unsteady generation of gases, the changing flow patterns,
and the reaction kinetics in the system, which is different
from the previous work of using a steady-state assumption.’
The mass balance equations for the gas phase and the solid
phase in the reducer can be expressed as follows in the
Lagrangian framework

DeC; 3(1—¢)V;
:E Sl 7Ad 13
DZ - U]] rp b ( )
DE; 3(1—¢)V,
= e 14
Di Z; e 4

where C; stands for the concentrations of gas species, such
as H,, CO, H,0, CO,, and E; stands for the concentration of
solids, such as Fe,Os3, Fez0,4, Fe,O (x =0.952) and Fe. The
righthand side terms of Eqs. 13 and 14 denote the rates of
change of the concentrations from the chemical reactions
between the gases and the solids. vjis the stoichiometric
coefficient for species i appearing in the /th reaction. For the
reactant species, the stoichiometric coefficient has a negative
value v; < 0. On the other hand, for the products, the stoi-
chiometric coefficient has a positive value v; > 0. Here, the
chemical reaction is the only factor that changes the concen-
trations of every species, which establishes the relationship
that the substantial derivatives equal the righthand side
terms. Since both the gas and solid streams are in plug flow
(assumption (b)), Eqs. 13 and 14 in the 1-D Eulerian frame-
work can be rewritten as
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aBC,‘ 68Ci 3(1 _S)V1
Ty =4+ E S A
ot Ui Oz ] Vii r ) (15)

8Ei aE, 3(1 _S)V[
o Us; g E, vy P , (16)

where U; and Ug; are velocities of the gases and solids,
respectively, and z is the spatial coordinate that begins at the
bottom of the reducer and ends at the top of the reducer.
The mathematical model developed here includes both time
derivative terms and convective terms. This can help obtain
the whole evolution process of the reactive flow in the 1-D
moving-bed reducer. It should be noted that D()/ Dt in Eqgs.
13 and 14 are substantial derivatives, indicating the change
rate of the concentration of every species as the species
move in the reducer. In Egs. 15 and 16, the substantial deriv-
atives have been split into local time derivative terms and
spatially convective terms in the 1-D Eulerian framework.

The commonly used mathematical model for a steady-
state 1-D moving bed is written as follows>®?*

dy _ 6(1—6)S(V1 +V2+V3)4TCV[%
dz nd,3G ’

a7

dr; 6(1—¢)SVidnr?

- = ( 3) ! P (18)

dz T[dedo,'

The newly developed 1-D model reduces to the previously

report model when the system reaches the steady state. The
detailed proof is provided in Appendix A.

Experimental Setup for Model Validation

A set of TGA tests were conducted for validating the
particle kinetics model. The composite Fe,O; particles
were prepared and synthesized in a similar manner as in
the previous work of the authors.® The particle size is
between 1.4—1.7 mm, which is suitable for solid flow in the
moving bed reactor. A 50-mg batch of particles was placed
in the TGA, which was reduced by 200 mL/min STP H, at
900°C. The mass fraction of Fe,Os in the solids is 60%,
and the density of the solids is 2.5 g/cm®. The particle
porosity &, varies from 0.001 to 0.005, depending on the
macroscopic and microscopic properties of individual par-
ticles. The property values for H, used in the calculation
are given in Egs. 19, 22), most of which had been used by
Hara et al. in their investigation of temperature effects on
iron oxide pellet reduction.”” The equilibrium constants for
CO and iron oxides are calculated from the equilibrium
constants given for H, together with the constants for the
water-gas shift reaction, and all three CO reaction rate con-
stants are one-fifth of those for H,, based on the litera-
ture.”® It is noted that the reaction-rate constants can be
different for pellets with different compositions and differ-
ent microstructures

km,=0.3m/s (19)

Kyy,= exp (362/T+10.32)
Ko, = exp (—8580/T+8.98) (20)
K, = exp (—2070/T+1.3)
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Figure 3. The schematic diagram of the moving-bed
reducer.

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]

Dy, =0.13X0.7516¢ (T /273)"* /10000
Doy, =0.20%X0.7516¢ (T /273)"* /10000 1)
D3y, =0.35%0.7516¢ (T/273)"* /10000
ki, =40exp (—6650/T)
kas, =80exp (—8000/T) (22)
k311, =6800exp (— 14000/T)

A 2.5 kWy, bench-scale moving-bed reactor for conduct-
ing gas—solid reactions was constructed and operated in order
to obtain the reactor performance data for modeling and
scaling up analysis of the SCL process.6 The length of the
moving bed reactor is 0.9 m with an inner diameter of
0.0406 m, as shown in Figure 3. There is a number of gas
and solid sampling ports along the reactor so that the fuel
gas and oxygen carrier particle composition profiles in the
reactor can be measured. Data from the bench-scale reducer
study reported earlier by the authors were used to verify the
1-D reducer model.® The Fe,05 particles, with similar prop-
erties as tested in the TGA experiments, were introduced at
the top of the reducer at a feed rate of 12.87 g/min. The
diameter of the solids is 4.0 mm, and the bed voidage of the
reducer is 0.4. The pressure and the temperature of the sys-
tem were 1 atm and 900°C, respectively. A simulated syngas
was introduced from the bottom; the fractions of H,, CO,
CO,, N, were 29.2, 43.8, 5.0 and 22.0%, respectively. The
gas feed rate was 0.002262Nm*/min.

Numerical Method

A FORTRANO90 program is coded based on the governing
Egs. 15 and 16, and the unreacted shrinking core Kkinetic
model. For the temporal terms, a third-order TVD Runge-
Kutta scheme is used for discretization.”® For the spatial
terms, a fifth-order WENO scheme is used.?" The entire cal-
culation procedure for reaction rates can be found in the
work from Hara et al.*® The initial conditions for the 1-D
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reducer modeling are that the bed is filled with Fe,O5 par-
ticles and the voidage is filled with syngas.

Results and Discussion

The 1-D dynamic model mainly consists of an individual
oxygen carrier reaction kinetic model and a countercurrent,
gas-solid flow model. For the kinetic modeling of individual
oxygen carrier particles, key parameters include thermody-
namic equilibrium constants K, reaction rate constants k.,
intraparticle diffusion coefficient D, and external mass trans-
fer coefficient ks All the parameters have been considered in
the unreacted shrinking core model, and have been validated
by TGA experiments for determining the rate controlling
step. The individual particle kinetic model is then integrated
to the countercurrent flow model to simulate the moving-bed
reducer. The 1-D reactor model is validated by the bench-
scale experimental data, and sensitivity analyses are con-
ducted to assess the importance of the model parameters.
The effects of reactor length and feedstock ratio (G/W) are
also evaluated to guide reactor design and operation.

Oxygen Carrier Kinetics

The three-interface USCM gives insight into how the
overall reaction as well as the interfaces among Fe,0s,
Fe;0,4, Fe,O and Fe migrates throughout the particle during
the reduction process. To predict the conversions of the reac-
tions conducted in a TGA, only Eq. 16 needs to be solved.
Also, the spatial term in this equation vanishes since the pel-
lets are stationary in the reducing environment. Figure 4
compares results between the oxygen carrier particle model-
ing and TGA experiments. The experimental curve is repre-
sented by 47 data points, which are calculated from 20
repeated experiments under the same conditions. The results
show that the overall reaction progress predicted by the
model is in favorable agreement with experimental data.
Among all the three reduction reactions, Fe,O5 reduction is

08

5 06 — 7
s |/
© 041/ 2 ———— R(overall) radius=1.4mm
YAl — == RM(Fe203-->Fe304)
§ — — — RW(Fe304-->Fex0)
HE- = RF(FexO-->Fe)
0.2 ° experiment 1.7>radius>1.4 mm
0 1 L | i | L T | L
0 10 15 20 25
t(min)

Figure 4. Comparison between TGA experimental
results and USCM results for individual oxy-
gen carrier particles reduction by hydrogen
at 900°C.

[Color figure can be viewed in the online issue, which
is available at wileyonlinelibrary.com.]
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Figure 5. Reaction time for different controlling steps.

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]

the fastest, which is followed by Fe;O, reduction. Near 22
min into the experiment, both reactions achieve full conver-
sion, i.e., Ry; = Ry = 100%. The slowest reaction is wustite
reduction to metallic iron, which only achieves 70% conver-
sion (Rr = 70%) at 22 min.

The USCM considers three factors influencing the reac-
tion rate including external diffusion through gaseous film,
intraparticle diffusion, and the surface chemical reaction.
Reflected in the equations, ks is the mass-transfer coefficient
through gaseous film (cm/sec) and D is internal diffusivity
in different iron oxide phases (cmz/sec). For each surface
reaction, k represents the reaction rate constant while K is
the equilibrium constant. As shown in Figure 5, the USCM
can help calculate the reaction time required by each step,
and evaluate the importance of the three factors. The results
show that the iron oxide particle reduction by hydrogen in
this TGA study is dominated by intraparticle diffusion. It is
noted that the gas environment in the TGA can be assumed
to be pure hydrogen, which is different from the gas con-
centration and profile in the moving bed reducer. Thus, the
intraparticle diffusion might not be the only rate controlling
step in the moving bed operation. This will be further dis-
cussed in the following section. In general, the USCM can
well represent the oxygen carrier reaction kinetics and,
thus, will be embedded in the following 1-D reducer
model.

Sensitivity Analysis of the Mathematical Model

This mathematical model for the moving-bed reducer
incorporates a multitude of adaptable parameters. The sensi-
tivity analysis of the model with respect to the variations in
these parameters is performed to assess their significances.
This study adopts the one-factor-at-a-time (OFAT) approach
to investigate the effects of each parameter.”> Comparing to
absolute sensitivity, relative sensitivity is more effective for
comparing parameters since it is measured by the dimension-
less, normalized function.®® The relative sensitivity of an
arbitrary function F to the variation in a parameter o is
defined as
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F_OF| o AF/F
b0, Fo  Aoja

(23)

To simplify the sensitivity analysis in the moving-bed sys-
tem, only the steady-state output at the bottom of the moving
bed, i.e., z =0, is monitored. The gas—solid feed rate ratio is
fixed at 1.40 with the gas feed rate as 0.002262 Nm®/min.
The computed relative sensitivities of the fractional and
overall solid conversions to variations in the adaptable
parameters of this mathematical model are shown in Figure
6. It can be seen that the equilibrium constant of the third
reaction K3y, is a dominant parameter. For the fractional
solid conversions Ry and Rg, this parameter gives relative
sensitivities that are more than one-order of magnitude larger
than do other parameters. This suggests that other parameters
do not have strong influence on the computed results.

It should be noted that, the relative sensitivities of the
fractional solid conversion with respect to all parameters are
negligibly small. This is not surprising since the equilibrium
constant Ky, is several orders of magnitude larger than the
other two equilibrium constants Ky, and K3y, at the operat-
ing temperature, T=1173K (see Eq. 20), and this large K,
ensures that Ry, reaches nearly 100% at the current gas—solid
feed rate ratio when all model parameters are varied within a
practical range. In the simulations, the moving-bed reducer
is adequately long to fully convert the introduced syngas at
the given gas—solid feed rate ratio. As a result, the variations
of all model parameters will not change the fact that the syn-
gas are nearly fully converted and the outlet solid conversion
can be readily determined from the mass conservation. This
explains why the relative sensitivities of the overall solid
conversion R are small and almost identical with respect to
all parameters. As the overall solid conversion is calculated
as a weighted sum of the three fractional conversions, a
much higher sensitivity of the model with respect to Ky,
might be expected. However, it can be found in Figure 6
that the relative sensitivities of Ry and Ry have opposite
signs with respect to Kjy,. Most of the changes in Ry and
Ry are cancelled when the weighted sum to obtain R is exe-
cuted. Thus, Ky, is not of significant relevance to R even it
does influence Ry and Ry in a much stronger way.

It is worth to mention that, the relative sensitivities with
respect to the parameters, Kiy,, ki, kon,, D1y, and kg, are

L T
K3H3 ]
——————
il "
DZH: [ ' I
. E
] ' 1
= £ [
% L s P
5 0 e — I 5™
Dy, I B 5"
[ 1 ="
[
k]H A ]
Ee————
il m
KEH_ [ !
L 1 | 1 L 1 d_d

107 op cow oy o
q07 10° 10° 10" 10

Relative sensitivities
Figure 6. The relative sensitivities of the fractional solid
conversions Ry, Ry, Rr and the overall solid
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versions between the numerical results and
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moving-bed reducer 6.

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]

negligibly small, less than 0.001, and, thus, are not shown in
Figure 6.

1-D Moving-Bed Reducer at Steady State

In the SCL system, the moving-bed reducer is designed to
fully convert the syngas to CO, and H,O at the top of the
moving-bed reducer. At the same time, a maximum oxygen
carrier conversion should be obtained at the bottom of the
reducer. In order to verify the 1-D reducer model, the previ-
ous bench-scale reducer testing is used to specify the model
input and output. Figure 7 illustrates the numerical results as
well as the experimental results of the moving-bed reducer
when steady state is reached. The error bars on the experi-
mental symbols represent the standard variations from eight
repeated experiments. The steady-state numerical results
show that the syngas conversion at top of the reducer is
97.5% at the top, while the oxygen carrier conversion is
49.2% at the bottom. In the bench-scale experiment, a syn-
gas conversion in excess of 99.5% and an oxygen carrier
conversion of nearly 50% were obtained. It is noted that, the
number of the experimental data points is not large enough
to form continuous lines. This is because it is not desirable
to fabricate many ports along the moving-bed reactor for
operation under such a high temperature. Still, it can be seen
that all the experimental data points stay around the simu-
lated lines, which further validates the 1-D mathematical
model. Therefore, this 1-D model can be used for further
investigations of the reducer in the bench-scale SCL system.

The 1-D reducer model can not only calculate the overall
gas and solid conversions at the reactor outlets, but can also
provide dynamic gas and solid conversion profiles inside the
reactor, which is helpful for understanding the reaction
behavior. As shown in Figure 7, the calculated syngas and
oxygen carrier conversion profiles along the axial locations
of the reactor at steady state conditions match well with the
previous profiles measured from sampling ports. Both experi-
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mental and modeling results show that the gas and solid con-
version profiles have opposite trends because of the
countercurrent contact pattern. The results also indicate that
the conversion rates at both ends are much faster than the
conversion rates in the middle section of the reducer. The
syngas and Fe,Oj particles are introduced at the bottom and
the top of the reducer, respectively, which creates a large
driving force for reduction reaction going forward. In the
middle section, however, the gas and solid compositions are
close to an equilibrium state, and, thus, nearly no reaction is
observed. Specifically, the modeling results show that the
equilibrium state is maintained when the gas and solid con-
versions are 38 and 30% (pure Fe(95,0), respectively. Such
an intermediate equilibrium stage and overall gas and solid
conversions can be also predicted by a multistage equilib-
rium model developed in a preceding work.® Both the equi-
librium model and the kinetic model have been validated by
experimental data, and both modeling results show that the
countercurrent moving-bed reducer design is capable of
ensuring a full syngas conversion while enhancing oxygen
carrier conversion.

As shown in Figure 7, under the current operation condi-
tion and reducer design, an individual particle quickly com-
pletes the reduction from Fe,O; to Fe;O4 and then to Fe,O
at the top. The reduction from Fe,O to Fe is then limited by
thermodynamic equilibrium before the gas profile is changed
at the bottom where fresh syngas is introduced. Compared
with the previous oxygen carrier kinetic studies in the TGA
where only intraparticle diffusion dominates the reduction
process, the oxygen carrier particle reduction in the moving-
bed reducer is restricted by the reaction thermodynamics. It
is also noted in Figure 7 that there is a minor difference
between the modeling results and experimental data. Such
deviation may result from the flow and temperature maldis-
tribution across the bed and from the randomness of the gas
and solid sampling in the experiments. The unsaturation
degree x in the wustite (Fe,O) phase varies from
0.830<x<0.952, which could also affect the equilibrium
conditions, and, thus, compositions of the system.

1-D Moving-Bed Reducer at Unsteady State

A startup process is simulated in this scenario. The bed is
initially filled with Fe,O3 particle and syngas, which is con-
sistent with the typical startup procedure in the bench scale
experiment. As stated in the section Mathematical Model,
the temporal terms are considered in the governing equations
of the reducer system. This means that not only can the
steady state of the reducer be revealed by the simulation, but
the dynamic, unsteady state conversion profiles can also be
modeled. Figure 8 displays the conversion profiles of both
the solids and the gases at different times under unsteady-
state conditions. The experimental data of the gas conversion
from one port are also shown in the early stages of the
experiment. It can be seen that these data are close to, but
slightly smaller than the simulated results. This deviation
can be attributed by the gas—solid feed-rate ratio effects,
which is discussed in the Reducer Operation section. During
the early stages, the conversion profiles change rapidly (see
the results at t = 1,000 s in Figure 8a). The major pattern of
the conversion profiles has formed at the bottom of the
reducer when = 5,000 s (see Figure 8b). This time is about
one residence time for the solid oxygen carrier particle,
which is consistent with the typical time observed for the
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Figure 8. The conversion profiles of both gases and sol

ids at different times in the reducer.

(a) t=1,000 s, (b) t=5,000 s, (c) t=20,000 s, (d) #=380,000 s, and (e) £ =150,000 s. [Color figure can be viewed in the online issue,

which is available at wileyonlinelibrary.com.]

syngas to be fully converted at the reducer gas outlet in the
bench scale test. Subsequently, as shown in Figure 8c and
8d, the rightmost segments correspond to the first two reduc-
tion reactions (Fe,O3-Fe;04-Fe,0), and move toward the top
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of the reducer without significant shape change, while the
leftmost segments correspond to the third reaction
(Fe,O—Fe) and stay at the bottom of the reducer. The equi-
librium stage emerges between the left and right segments,
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and extends as reaction progresses. The system reaches its
steady state around 150,000 s (see Figure 8e), which is
caused by the slow translational movement of the profiles
toward the top of the reducer.

From the observation of the numerical results, two aspects
arise and will be discussed later. The first aspect is that since
the conversion profile is mostly flat in the middle part of the
reducer, the reducer may be shortened without affecting the
reactions inside. The second aspect is that the efficiency of
the current case is relatively low. The system takes too long
a time to reach the steady state because of the thermody-
namic equilibrium stage formation in the middle part of the
reducer. Adjustment of the feed-rate ratio between the gases
and solids may be a simple and straightforward way to
decrease the time needed to for the system to achieve a
steady state. Note, for convenience, the time needed to
achieve a steady state is also called the converging time in
the remainder of this article. It is not used in the context of
simulation time, only in the time to reach actual the steady
state in reactor time.

Reducer Design: Effective Reducer Length

The reducer length can be optimized using the 1-D mov-
ing-bed model. Reducers with lengths of 0.5 m, 0.4 m and
0.2 m are simulated under the same initial and boundary
conditions as are the simulations in the section 1-D Moving-
Bed Reducer at Steady State. The steady-state simulation
results are shown in Figure 9, from which it can be seen that
the conversion profiles of the reducers with the length of 0.5
m and 0.4 m have approximately the same conversion pro-
files as the reducer of length 0.9 m. The main difference is
that the flat parts or the equilibrium state of the profiles in
the shorter reducers are shortened. However, the reducer
with 0.2 m length seems to be too short to complete the
reactions, unlike the other cases. The flat, equilibrium parts
of the profiles in the reducer of 0.2 m have almost com-
pletely disappeared. As a result, the syngas conversion in
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this case is not as high as the conversion in the reducers
with longer lengths. A reducer of 0.4 m can achieve exactly
the same results as a reducer of 0.9 m, indicating that the
design of the current reducer is conservative and the reducer
can be shortened without changing the reaction processes.

It is noted that no matter how long the reducer is
designed, the segments with solid conversion higher than
30% are always present at the bottom of the reducer. Under
the given syngas to oxygen carrier flow rate ratio, the reduc-
ing gas is almost completely converted at the top, and the
reducing gas concentration at the middle and top sections is
not enough to drive the reaction equilibrium toward wustite
reduction to metallic iron. Under this circumstance, the high-
reducing gas concentration can only be reached near the bot-
tom of the reducer where the new reducing gases are just
injected in.

It should be also noted that the conversion profiles with
the plateau are not a trivial superposition of the effects of
feeding fresh solid and gases from the two ends of the reac-
tor. They do not appear at all gas to solid ratios even when
the reactor is adequately long. Only when the gas to solid
ratio is larger than a certain critical value, can the profiles
associated with the reactions Fe,O3;— Fe304 and
Fe;04 — Fe,O move toward the top of the reducer. This is
because the unreacted reducing gas from the bottom can
reduce the Fe,O3 coming from the top to Fe,O but cannot
subsequently reduce the newly generated Fe,O to Fe due to
the limitation of the reaction equilibrium. Therefore, the
reducing gas and the Fe,O coexist in the middle part of the
conversion profiles. This coexistence forms the plateau in
the conversion profiles. To further describe the mechanism
of the formation of the plateau, the effect of the gas—solid
feed-rate ratio is elaborated in the next section.

Reducer Operation: Gas-solid Feed Rate Ratio
Effect

The gas—solid feed-rate ratio is an important variable in the
moving-bed reducer operation. Since considerable time is
required for the system to reach the steady state in the previous
scenario, it is desired to determine how the converging time
varies with the feed rate ratio. Before further numerical simu-
lations are conducted, an analysis based on the equilibrium
constants of the three reduction reactions is performed. The
equilibrium constant of the third reaction is K3 =0.6283 at
900°C. When the syngas can be fully converted in the reducer,
the ideal percentage of the syngas consumed in the first and
second reactions would be 1/(K3 + 1) = 61.414% with the rest
of the syngas (38.586%) being consumed in the third reaction.
As illustrated above, Fe,O5 in the solids can be converted
completely into Fe,O by the first and second reactions. The
generated Fe,O can only be partially converted into Fe from
the lack of reducing gas. The total amount of Fe,Oj3 is deter-
mined by the 61.414% of the reducing gases. The amount of
converted Fe,O corresponds to the 38.586% of the reducing
gases. Through the combination of the first two reactions

X 2
—— + N +-2 Fe,
3x_2F€203 H,/CO < H,0/CO, 3x—2Fe"0’ 24)

and the third reaction
Fe,O+H,/CO < H,0/CO;,+xFe, (25)
the feed rate ratio between gas and solids can be determined

to be 1.4647 when the reducing gases are critically and fully
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Figure 10. The conversion profiles when the solids
feed rate increases by 5%.
This lower solids feed rate makes the feed rate ratio
between gases and solids decrease to 1.4538, lower
than the critical ratio 1.4647. [Color figure can be
viewed in the online issue, which is available at
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converted. At this critical ratio of 1.4647, a maximized sol-
ids conversion of 48.823% can be obtained to ensure a full
syngas conversion at the top of the reducer.

From the data of previous experiments,6 the feed rate ratio
between gas and solids is found to be 1.5265, which is
slightly higher than the critical ratio of 1.4647. In the follow-
ing numerical investigation, the gas feed rate remains
unchanged, and the solids feed-rate is changed to adjust the
feed rate ratio between gas and solids. The situation with a
ratio lower than the critical value is first examined. The sol-
ids feed rate is increased by 5%, making the gas—solid feed
rate ratio decrease to 1.4538. The results of this case are
shown in Figure 10, and the steady-state conversion profiles
are significantly different from the previous results. All the
profiles appear near the bottom of the reducer with an
unreacted zone at the top. The converging time of this case
is about 20,000 s, which is much less than that of the case
with a feed-rate ratio of 1.5265. This profound difference
can be understood easily as follows. After the case with the
ratio of 1.4538 reaches the steady state, imagine how the
conversion profiles would change if the feed rate ratio is
increased to 1.5265. Because the system can only fully con-
vert the gases when the feed-rate ratio is lower than the criti-
cal value 1.4647, the system now cannot fully convert all of
the fuel gases. Therefore, the excessive reducing gases will
keep going upward beyond the position of z=0.35 (see
Figure 10) and will react with the unreacted Fe,O; in the
upper positions, making the entire profiles except the bottom
segment moving slowly toward the top of the reducer. The
moving speed of the profiles is determined by the amount of
the excessive reducing gases and is, thus, essentially deter-
mined by the feed rate ratio. The salient changes of the pro-
files during this movement are that the middle segments of
the profiles keep expanding (one can refer to Figure 8b—e for
better understanding). The expansion of the middle segments
is because an equilibrium stage is reached in that area
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because of the excess reducing gases. It can be conjectured
that when the feed-ratio is only slightly higher than the criti-
cal ratio, the converging time would be extremely long since
the unsteady movement of the profile are very slow. As the
result, such gas to solid feed rate ratio should be avoided in
a practical reducer operation.

Generally, the converging time can be shortened in two
ways. One is to make the feed-rate ratio slightly smaller
than the critical ratio. The other is to shorten the reducer to
a proper size without affecting the reactions inside. A series
of numerical simulations with different feed-rate ratios and
reducer lengths is performed. Figure 11 shows that the con-
verging time varies as the feed-rate ratio between the gas
and solids is changed. The converging time is prohibitively
long when the feed ratio is close to but higher than the
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critical ratio. For the actual moving-bed operation, a ratio
slightly below the critical ratio is recommended. However, if
the ratio is too small, this operation is not favorable since
the conversion of the solids becomes low, which requires a
large oxygen carrier circulation rate. It is also noticed from
Figure 11 that a shorter reducer needs less time to reach the
steady state. Figure 12 displays the evolution of the gas and
solids conversion profiles as the feed rate ratio varies. On
one hand, the gas conversion cannot reach 100% after the
feed rate ratio goes beyond the critical value. On the other
hand, the reducer with a length of 0.2 m is not long enough
to function as well as the other longer reducers since the gas
conversion is appreciably lower than 100% even when the
feed ratio is lower than the critical value. Nevertheless, the
reducer of 0.38 m actually functions as well as the one of
0.9 m, indicating the shorter reducer can be considered as a
practical reducer design.

Conclusions

The SCL process circulates iron-based oxygen carrier par-
ticles through three reactors, namely the reducer, the oxi-
dizer, and the combustor, to perform reduction-oxidation
reaction cycles for carbon dioxide capture and hydrogen pro-
duction from coal or biomass derived syngas. The counter-
current moving-bed operation of the reducer highlights the
SCL technology. This article presents a 1-D flow model for
moving-bed reducer in SCL system. The three-interface
unreacted shrinking core model is applied to describe the
reaction of the gas and solid flows within the reactor. The
code is validated through comparing the simulated results
with experimental data. The 1-D model gives a good under-
standing of the actual reaction properties in the moving-bed
reducer. In this study, the entire progress of the composition
evolution in the moving-bed reducer is obtained through
explicit temporal integration. Second, a shorter reducer is
suggested based on the numerical simulations on reducers
with different lengths. Third, the converging time before the
reducer reaches the steady state is analyzed by varying the
ratio between the gas and solids feed rates. The results con-
clude that a minor change of the feed-rate ratio could cause
significant differences in the converging time. Specifically,
there are two general ways to shorten the time for the system
to reach the steady state: one is to make the feed-ratio
slightly smaller than the critical ratio, and the other is to
shorten the reducer to a proper size without affecting the
reactions inside the reactor. Thus, 1-D moving-bed reactor
model effectively provides a practical strategy in optimizing
the reducer design and operation in the SCL process.
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Notation
&= voidage of the bed
¢ = porosity of particles
C = concentration of reducing gas
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D = diffusion coefficient of reducing gas

d = reactor diameter

= initial content of reducible oxygen atom in the pellet
pellet diameter

molar flow rate of gas

equilibrium constant

= reaction-rate constant

mass-transfer coefficient through gaseous film

pressure

gas-flow rate

fractional reduction

gas constant

pellet radius

cross-sectional area of reaction tube

relative sensitivity of F to the variation in a parameter o
temperature

time needed for the moving bed to reach the steady state
reaction rate

federate of pellets

molar fraction of reducing gas

equilibrium molar fraction of reducing gas for the ith step
reaction

z = distance from bottom of the bed
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Subscripts
M(or 1) = chemical reaction from Fe,O5 to Fe;O,4
W(or 2) = chemical reaction from Fe;0,4 to Fe,O
F(or 3) = chemical reaction from Fe,O to Fe
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Appendix A

We will prove that the aforementioned Eqs. 15 and 16 and
Eqgs. 17 and 18 are basically equivalent.

Assume that C; in Eq. 15 stands for H,. Dividing Eq. 15
by ¢C,, we will obtain

_ayH ‘3(1—8)‘/1

24+ v
Z l 1eC,
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It can be shown that
6Vidnr,?> 3V,
nd,’ rp
since d,=2r,,.

For steady-state problems, the term of time derivative
would vanish, and Eq. Al will reduce to

dyy 3(1=e)V;
CA P AL A2
dx,- Z vl U[I’pBCU ( )

For H,, the stoichiometric coefficient is 1. So we only
need to show that

(A3)

where, G is the gas feed rate, S is the cross section area of
the reducer, U; is the gas velocity in the reducer, and ¢C, is
the equivalent concentration of H,. Note, C, is the superfi-
cial concentration of H, and ¢ is the voidage of the moving
bed. From the definition of the variables in Eq. A3 we know
this equation holds true. Now, the equivalence between Egs.
15 and 17 is approved.

Similarly, we can demonstrate that Eqs. 16 and 18 are
equivalent. In order to show the equivalency, we want to
demonstrate first the following equation holds

S _ Vi
Wdo,‘ US,'E() ’

(A4)

where Ej is the initial concentration of Fe,O5; W is the feed
rate of the pellet; and dy; is the initial concentration of the
reducible oxygen in hematite, magnetite or wustite. If i
denotes Fe,Os, the value of dy; is !5 of that of Fe,Oj
because only one oxygen atom can be reduced in every three
Fe,O5; molecular (see the reaction formula in which the reac-
tion between Fe,O3 and CO or H, is 3:1). Also, we know
that the stoichiometric coefficient v, of the first reaction is 3.
We can see Eq. A4 holds through the explanation given
earlier.

It should be noted that each equation in Eq. 18 is actually a
sum of several equations of Eq. 16 because of the definition of
the fractional reductions. One will find that Egs. 16 and 18 are
indeed equivalent after performing the simple summation.
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